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A kinetic theory based hydrodynamic model with experimentally determined sorption
rates for reaction of CO2 with K2CO3 solid sorbent is used to design a compact circu-
lating fluidized bed sorption-regeneration system for CO2 removal from flue gases.
Because of high solids fluxes, the sorber does not require internal or external cooling.
The output is verified by computing the granular temperatures, particle viscosities, dis-
persion, and mass transfer coefficients. These properties agree with reported measure-
ment values except the radial dispersion coefficients, which are much higher due to
the larger bed diameter. With the solid sorbent prepared according to published infor-
mation, the CO2 removal percentage at the riser top is 69.16%. To improve the CO2

removal, an effort is needed to develop a better sorbent or to simply lower the inlet
gas velocity to operate in a denser mode, leading to a larger system. Also, the effect
of temperature rise on the removal efficiency is investigated. VVC 2010 American Institute

of Chemical Engineers AIChE J, 56: 2805–2824, 2010
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Introduction

Coal-fired utility boilers generate over 50% of the electric-
ity in the United States. Energy Information Agency (EIA)
of Department of Energy (DOE) projects that more than
300 GW of coal-fired electricity generating capacity cur-
rently in operation will be increased to nearly 450 GW by
2030.1 Therefore, for the foreseeable future, coal will con-
tinue to play an important role in electricity generation,
especially for base load power plants.

Emission of greenhouse gases such as carbon dioxide
(CO2) has increased over the past century. It is widely
acknowledged that CO2 emissions make the major contribu-
tion to global warming and their reduction is urgently
needed.2–4 To date, the capture of CO2 emitted from major
industries, such as the steel industry and power industry, has
been proposed by many governments and major energy
agencies. In 2007, traders bought and sold about 60 billion
dollars worth of emissions allowances, mostly in Europe and
Japan, where government regulate greenhouse gases. If, as
expected, regulation comes to the United States, the market
is expected to be worth 1 trillion dollars annually by the
year 2020.5

Coal-fired power plants have made significant progress in
reducing emissions of sulfur dioxide (SO2), nitrogen oxide,
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particulate matter, and mercury. At present, another chal-
lenge has arrived, the reduction of CO2 emission. There are
three main approaches for capturing the CO2 generated from
a primary fossil fuel, biomass, or mixtures of these fuels.6

Postcombustion systems separate CO2 from flue gases pro-
duced by the combustion of the primary fuel in air. The
concentration of CO2 present in flue gas stream is typically
3–15% by volume, in which the main constituent is nitrogen
from air. To capture these small fractions of CO2, the sys-
tems normally use solid or liquid sorbents which are easy to
integrate into the existing power plants. However, the energy
requirement is still a problem for these systems. Chakma7

calculated that over eighty percent of the total energy
required for these systems is consumed in the regeneration
step. To make the technology feasible on a reasonable scale,
the alternatives utilizing less energy are needed.

Precombustion systems process the primary fuel in a reac-
tor with steam and air or oxygen to produce a mixture con-
sisting mainly of carbon monoxide and hydrogen. Additional
hydrogen, together with CO2, is produced by reacting the
carbon monoxide with steam in a second shift reactor. The
resulting mixture of hydrogen and CO2 can then be sepa-
rated into a CO2 gas stream and a stream of hydrogen. If the
CO2 is stored, the hydrogen is a carbon-free energy carrier
that can be combusted to generate power or heat. These sys-
tems are more elaborate than the postcombustion systems.
They are suitable for CO2 concentration of 15 to 60% by
volume.

Oxyfuel combustion systems use oxygen instead of air for
combustion of the primary fuel to produce a flue gas that is
mainly water vapor and CO2. The result is a flue gas with
high CO2 concentration which is greater than 80% by vol-

ume. The water vapor is then removed by cooling and com-
pressing the gas stream. However, oxyfuel combustion
requires the upstream separation of oxygen from air, with
high purity. Further treatment of the flue gas may be needed
to remove air pollutants and noncondensed gases.

For coal-fired power plants, the CO2 concentration is
�15% by volume or mole. Hence, a simple capture system
using solid sorbents is suitable for this application. The solid
sorbents capture CO2 from flue gases through chemical
absorption, physical adsorption, or a combination of the two
effects. The objective of this study is to demonstrate how to
use the recently developed kinetic theory based multiphase
computational fluid dynamics (CFD) to design a system for
capturing CO2 in flue gases from coal fired power plant
using solid sorbents. This is a major process system chal-
lenge because similar systems for sulfur removal were suc-
cessfully designed but applied for a much smaller sulfur
load.8 Also, the systems should solve three main technical
challenges which are the handling of large volumetric flow
rate of the flue gases, the required power, and the quantity
of CO2 sorption.

Process system and solid sorbent descriptions

The novel compact sorption-regeneration circulating fluid-
ized bed (CFB) is shown in Figure 1. The CFB system is
selected because it can handle large volumetric flow rate of
flue gases, which is one of the key technical challenges. This
novel system consists of the sorption and regeneration in the
same unit. The flue gases are fed at the bottom of the riser
section which is designed to be a sorption zone. In this sec-
tion, CO2 and steam in the flue gases are absorbed into the
solid sorbents. The remaining gases leave the system through
the grid at the top of the downcomer section. The absorbed
solid sorbents are regenerated in the downcomer section.
Exhaust CO2 and steam, which can be easily separated by
conventional cooling process, leave the system via the outlet
port at the top of the regeneration or desorption zone. Then,
fresh solid sorbents are sent back to the riser section and
again continue the sorption-regeneration cycle. At the bottom
of the downcomer section, small amount of air at minimum
fluidization velocity is fed to assist the circulation of solid
sorbents.

Concerning the chemical reactions inside the system,
Figures 2a, b show the block diagrams of sorption reaction
with sorption temperature, TS, and regeneration reaction with
regeneration temperature, TR, respectively. The sorption or
absorption reaction is an exothermic reaction. Therefore
there is heat release from the system. Applying the heat
pump concept,9,10 this lower temperature heat output can be
transformed to a higher temperature heat input or required
power for endothermic regeneration reaction, which is the
second technical challenge for this system. To exchange the
heat, the reactor may have the medium fluid flowing in a
jacket at the wall. However, this is not the final configura-
tion, the extension studies on energy requirement topic are
still needed.

Regarding the last technical challenge about the absorbed
CO2 concentration, it can also be overcome if the solid sor-
bent is properly selected. The use of solid sorbents contain-
ing alkali and alkali-earth metals for CO2 capture has been

Figure 1. Novel compact sorption-regeneration circu-
lating fluidized bed system.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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reported in many articles.11–13 In the proposed system, alkali
based sorbents are considered because of their reactivity. Po-
tassium carbonate (K2CO3) is chosen as the solid sorbent
because its decomposition pressure is low, its CO2 absorp-
tion capacity is high, and its heat of regenerative reaction is
low near the room temperature.14,15 Table 1 summarizes the
heat of regenerative reaction for various preparations of alka-
line carbonates. The overall K2CO3 solid sorbent reaction is

K2CO3 þ CO2 þ H2O $ 2KHCO3 (1)

Based on this stoichiometry, the theoretical or maximum
weight percent of CO2 on the solid sorbent can be up to
0.22. Hayashi et al.16 also stated that K2CO3 solid sorbent
reveals excellent properties for the capture of CO2 when
compared to other alkaline carbonates. Although the heat of
regenerative reaction for lithium carbonate (Li2CO3) and so-
dium carbonate (Na2CO3) are lower than K2CO3, the decom-
position pressure or the pressure reading coinciding with the
first indication of decomposition of those solid sorbents
appear to be too high, while the salts of rubidium (Rb2CO3)
or cesium (Cs2CO3) require higher regeneration temperatures
and they are expensive.

Computational fluid dynamics simulation

Hydrodynamics Model. In this study, a set of governing
equations, mass, momentum, energy and species conserva-
tion equations, and constitutive equations were solved
numerically. The constitutive equations are based on the
kinetic theory of granular flow, as reviewed by Gidaspow.17

This theory has been used by many researchers.18–20 The
commercial CFD program FLUENT 6.2.16 was chosen for
modeling the system. There are several numerical models for
gas–solid two-phase flow in the program such as, the
Lagrangian model and the Eulerian model. The Lagrangian
model should be used when the dispersed phase in the sys-
tem occupies a low volume fraction and the Eulerian model
should be used when the volume fraction of dispersed phase
or solid sorbent cannot be occupied by the gas phase. In this
case, the Eulerian model was selected. This approach solves
the governing equations for each phase separately. A sum-

mary of the governing equations and constitutive equations
is given in Table 2.

Chemical Reaction Model. The data needed for modeling
the chemical reaction is the reaction rate equation. However,
there is a lack of information given on reaction rate equa-
tion in the literature. Most of the researches focused only
on the preparation and sorption characteristic of the sorb-
ents. Onischak and Gidaspow21 studied the feasibility of
transferring CO2 from the anode of a molten carbonate fuel
cell to its cathode using solid K2CO3. They determined the
rates of reaction in a parallel plate reactor as a function of
time and CO2 concentration in the range of 0.50 to 20.00%
CO2 and developed a reaction model. Onischak and Baker22

made a sheet of the K2CO3 to be used for purifying air in
portable life support systems for space travel. Later on,
related studies at IIT using scanning electron microscopes
by Ghezelayagh and Gidaspow23 showed that in such sheets
the small sorbent particles are held in a net of TEFLON
fibers. As the reaction proceeds the sorbent particles
undergo a structural change, as described in the model of
Gidaspow.14 Although past research deals with the prepara-
tion of sorbent sheets for stationary sorbers, it should be
possible to use a similar preparation method for making
spherical pellets for use in fluidized beds. Hirano et al.24

proposed a modified chemical absorption method with a
capability of cyclic fixed bed operations for the recovery of
CO2 from flue gases over K2CO3 solid sorbent. After their
research, several studies regarding an efficient chemical
absorption over K2CO3 solid sorbent, which was supported
either on activated carbon or on other porous matrices such
as silica (SiO2), alumina (Al2O3), and vermiculite, were also
reported using cyclic fixed bed operations under dry and
moist conditions.25,26 Sharanov et al.27 proposed the kinetics
of CO2 sorption by a composite K2CO3 sorbent on Al2O3

support. The order of their sorption rate was found to be
first order with respect to the CO2 concentration. Recently,
Park et al.28 measured the breakthrough data of CO2 to
obtain the kinetics of the CO2AK2CO3 reaction and showed
that the concentration of water vapor in the feed stream
affects the sorption rate of the CO2 removal.

In order to simulate the novel sorption-regeneration CFB
system, this study used the absorption reaction rate equation
obtained by Gidaspow14 and Onischak and Gidaspow.21

Only the absorption reaction is considered due to the lack of
chemical reaction data for regeneration of K2CO3 solid sor-
bent. In their studies, they stated that the sorption reaction
rate is not affected greatly by water vapor content or humid-
ity as long as sufficient water vapor is present to satisfy the

Table 1. The Heat of Regenerative Reaction for Various

Preparations of Alkaline Carbonates

Compound
Heat of Regenerative Reaction

at 298 K (MJ/kgmol)

Li2CO3 48.61
Na2CO3 129.16
K2CO3 137.41
Rb2CO3 148.84
Cs2CO3 157.21

Regeneration reaction for group 1A metal alkaline carbonates (M ¼ metal of
an alkaline):

2MHCO3 ! M2CO3 þ CO2 þ H2O

Figure 2. Block diagrams of (a) sorption or absorption
reaction and (b) regeneration or desorption
reaction.
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reaction stoichiometry which is consistent with the input
condition in this study. This is different from the result of
Park et al.28 Therefore, they proposed an equation as a first
order reaction with respects to CO2 concentration (CCO2

) and
volume fraction of K2CO3 solid sorbent (es). Their sorption
reaction rate equation (r) is:

r ¼ �kreactionCCO2
es (21)

where kreaction ¼ Reaction rate constant ¼ 1.95 s�1.

Table 2. A Summary of the Governing Equations and
Constitutive Equations

A. Governing Equations
(a) Conservation of mass;

– Gas phase;

@

@t
egqg
� �þr � egqgvg

� � ¼ 0 ð2Þ

– Solid phase;

@

@t
esqsð Þ þ r � esqsvsð Þ ¼ 0 ð3Þ

(b) Conservation of momentum;
– Gas phase;

@

@t
egqgvg
� �þr � egqgvgvg

� � ¼ �egrPþr � sg
þ egqgg� bgs vg � vs

� � ð4Þ

– Solid phase;

@

@t
esqsvsð Þ þ r � esqsvsvsð Þ ¼ �esrPþr � ss �rPs

þ esqsgþ bgs vg � vs
� � ð5Þ

(c) Conservation of energy;
– Gas phase;

@

@t
egqgHg

� �þr � egqgvgHg

� � ¼ �eg
@P

@t

þ sg : r � vg þ Sg þ Qsg; ð6Þ

with
Hg ¼

Z
cp;gdTg

– Solid phase;

@

@t
esqsHsð Þ þ r � esqsvsHsð Þ ¼ �es

@ps
@t

þ ss : r � vs þ Ss þ Qgs; ð7Þ

with
Hs ¼

Z
cp;sdTs

(d) Conservation of species;
– Gas phase;

@

@t
egqgyj
� �þr � egqgvgyj

� � ¼ Rj ð8Þ

– Solid phase;

@

@t
esqsyj
� �þr � esqsvsyj

� � ¼ Rj ð9Þ

(e) Conservation of solid phase fluctuating energy;

3

2

@

@t
esqshð Þ þ r � esqshð Þvs

� �
¼ �rpsIþ ssð Þ : rvs

þr � ðjsrhÞ � cs ð10Þ

(Continued)

Table 2. (Continued)

B. Constitutive Equations;
(a) Gas phase stress;

sg ¼ eglg rvg þ ðrvgÞT
� �� 2

3
eglg r � vg

� �
I ð11Þ

(b) Solid phase stress;

ss ¼ esls rvs þ ðrvsÞT
� �� es ns �

2

3
ls

� �
r � vsI ð12Þ

(c) Collisional dissipation of solid fluctuating energy;

cs ¼ 3ð1� e2Þe2sqsg0h
4

dp

ffiffiffi
h
p

r !
ð13Þ

(d) Radial distribution function;

g0 ¼ 1� es
es;max

� �1=3
" #�1

ð14Þ

(e) Solid phase pressure;

ps ¼ esqsh½1þ 2g0esð1þ eÞ� ð15Þ

(f) Solid phase shear viscosity;

ls ¼
4

5
esqsdpg0ð1þeÞ

ffiffiffi
h
p

r
þ 10qsdp

ffiffiffiffiffiffi
ph

p

96ð1þ eÞg0es 1þ 4

5
g0esð1þeÞ

� �2
ð16Þ

(g) Solid phase bulk viscosity;

ns ¼
4

3
esqsdpg0ð1þ eÞ

ffiffiffi
h
p

r
ð17Þ

(h) Conductivity of the fluctuating energy;

js¼ 150qsdp
ffiffiffiffiffiffi
hp

p

384ð1þ eÞg0 1þ6

5
esg0ð1þ eÞ

� �2
þ 2qse

2
sdpð1þ eÞg0

ffiffiffi
h
p

r
ð18Þ

(i) Gas-solid phase interphase exchange coefficient;
when eg � 0.80;

bgs ¼ 150
ð1� egÞ2lg

egd2p
þ 1:75

ð1� egÞqgjvg � vsj
dp

; ð19Þ

when eg [ 0.80;

bgs ¼
3

4

ð1� egÞeg
dp

qgjvg � vsjCD0e
�2:65
g ; ð20Þ

With
Rek \ 1000; CD0 ¼ 24

Rek
1þ 0:15Re0:687k

� �
; Rek ¼

qgegjvg � vsjdp
lg

Rek � 1000; CD0 ¼ 0.44
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Since the heterogeneous reaction rate equation is not
available in the FLUENT 6.2.16 program, the new additional
UDF (user-defined function) code written in C programming
language was added. To solve the regeneration reaction
model, which at present is not available, we directly set the
condition of recirculated solid sorbents from the downcomer
section to the riser section as a fresh or new solid sorbents.

System and Computational Domain Description. The
complete set of equations shown previously was used to
obtain the hydrodynamics and chemical reaction in the novel
sorption-regeneration CFB system as shown in Figure 1.
This CFB system is a modified version of an actual PYRO-
FLOW CFB system built for Goodrich in IL. This system
had been used for simulating SO2 sorption reaction.8 The di-
ameter (D) and height (h) of their riser section were 3.0 and
15.0 m, respectively, while the diameter (D) and height (h)
of the downcomer section were 3.0 (at widest position) and
16.7 m, respectively. As a three dimensional model requires
long computation time and as there is no specific experimen-
tal measurement for comparison, this study used a two
dimensional model for the simulation.

The computational domain of the novel system is illustrated
in Figure 3. It consists of 5500 computational cells. A time
step of 0.001 s with 100 iterations per time step was used to
ensure numerical stability. The models were solved by using a

computer with Pentium 1.80 GHz CPU 2 GB RAM. It took
�10 days of computer time for 40 s of simulation time.

Initial and Boundary Conditions. This study mainly used
the operating parameter from Therdthianwong and
Gidaspow8 simulation. At the inlet, the velocity, volume
fraction, temperature, and gas species composition were
specified, as summarized in Table 3. On the other hand, at
the outlet, the system pressure was specified as atmospheric
pressure. Initially, there were K2CO3 solid sorbents inside
the system with a volume fraction of 0.50 and the height of
K2CO3 solid sorbents in the riser and downcomer sections
were 4.5 and 12.5 m, respectively. The temperature of
K2CO3 solid sorbents were set as 343.15 K. At the wall, an
adiabatic condition was used and a no slip condition was
applied for all velocities, except for the tangential velocity
of the solid phase and the granular temperature. Here, the
boundary conditions of Johnson and Jackson29 were used.
These conditions were first applied in the kinetic theory of
granular flow modeling by Sinclair and Jackson.30 They are:

vst;W ¼ � 6lses;max

p/qsesg0
ffiffiffiffiffi
3h

p @vst;W
@n

; (22)

hW ¼ � jsh
cW

@hW
@n

þ
ffiffiffi
3

p
p/qsesv

2
s;slipg0h

3
2

6es;maxcW
; (23)

where

cW ¼
ffiffiffi
3

p
pð1� e2WÞesqsg0h3=2

4es;max

:

Results and Discussion

The results can be divided into two main parts: hydrody-
namics and chemical reaction behavior. In the hydrodynam-
ics part, the flow structure and system parameters inside the
novel system are calculated and matched with the literature.
Then the effect of hydrodynamics behavior on reaction char-
acteristic is discussed in the chemical reaction behavior part.
Also, the effect of temperature rise on the chemical reaction
is discussed. The first step in the design of the CFB sorber is
the computation of correct hydrodynamics. The computer
code must calculate the system parameters that match the
experimental data in the range of desired particle diameters
and flow rates. The FLUENT and similar codes can easily
compute system parameters that are orders of magnitude
smaller or larger than the measured values.

Hydrodynamics behavior

K2CO3 Solid Sorbent Volume Fraction. Figure 4 displays
the transient distributions of K2CO3 solid sorbent volume
fraction inside the novel CFB system. The system is made
up of the dilute region in the riser section and the dense
region in the downcomer section. In the riser section a
strong asymmetric volume fraction is computed because of
the inlet–outlet configuration which usually found in the lit-
erature experiments.31,32 At the top of the downcomer sec-
tion, the K2CO3 solid sorbent accumulates at the grid and
falls back into the regeneration zone. Because of the

Figure 3. Computational domain of the novel circulat-
ing fluidized bed system.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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regeneration zone geometry, it induces high contacting or
mixing of K2CO3 solid sorbent that will increase the reaction
conversion.

Figure 5 depicts the time- and area-averaged K2CO3 solid
sorbent volume fraction profiles in the riser section of the
novel system with four different time-averaged ranges. The
0–40 s time-averaged result does not compare well with the
other time-averaged ranges. The time-averaged results
change only slightly after the simulation time of 5 s. This
implies that the system has reached the quasi steady-state
condition. In this study, the model with time averaging
between 10 and 40 s was selected as a representative system.
After the system reaches quasi steady state, the computed
profile is of the desirable C type, except at the bottom sec-
tion. This deviation is due to the inlet effect. The high vol-
ume fraction at the top of the riser is affected by the riser
outlet type. This solid distribution profile is similar to the
observed behavior in the large scale industrial CFB.33,34 The
K2CO3 solid sorbent volume fraction at the bottom and at
the top of the riser are in the range of 0.18 to 0.28 and 0.13
to 0.14, respectively. Because of this variation of the K2CO3

solid sorbent volume fraction profiles the solid sorbents are
not well distributed or mixed in the axial direction. This will
make the chemical reaction or the rate of CO2 removal to be
nonhomogeneous throughout the riser system.

To illustrate asymmetric profiles, the time-averaged
K2CO3 solid sorbent volume fraction distributions in the
riser section at three locations; right wall, center, and left
wall (wall opposite to the regenerated sorbent inlet) are plot-
ted in Figure 6. The profiles show a denser region at the
right wall and more dilute region at the left wall especially
at the bottom section of the riser. The results are consistent
with the radial distributions of time-averaged K2CO3 solid
sorbent volume fraction at riser heights of 3.5, 7.5, and 11.5
m as shown in Figure 7. These three different heights are

Table 3. Parameters Used for the Simulation

Symbol Description Value

qg Gas density 1.206 kg/m3

lg Gas viscosity 2 � 10�5 kg/m s
qs Solid sorbent density 1530 kg/m3

dp Solid sorbent diameter 210 lm
Gs Solid sorbent circulation

rate (for vg ¼ 3 m/s)
635 kg/m2 s

e Restitution coefficient
between particles

0.90

eW Restitution coefficient
between particle and wall

0.80

/ Specularity coefficient 0.01
t Simulation time 40 s

At the bottom of the riser section
vg Inlet gas velocity 3 m/s (nonuniform

profile)
eg Inlet gas volume

fraction
1.00

Tg Inlet gas temperature 343.15 K
yCO2

Inlet CO2 species
mole fraction

0.15

yH2O
Inlet steam species

mole fraction
0.15

yAir Inlet air species
mole fraction

0.70

At the bottom of the downcomer section
vg Inlet gas velocity 0.025 m/s (uniform

profile)
eg Inlet gas volume fraction 1.00
Tg Inlet gas temperature 298.15 K
yCO2

Inlet CO2 species
mole fraction

0.00

yH2O
Inlet steam species

mole fraction
0.00

yAir Inlet air species
mole fraction

1.00

Figure 4. Transient distributions of K2CO3 solid sorbent volume fraction inside the novel circulating fluidized bed
system.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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selected to represent the bottom, center, and top of the riser.
Also, the numerical simulations predict the core-annular flow
structure, similar to the experimentally observed flow pat-
tern. In the core region of the riser (center), the profile is
almost flat and more dilute than at the wall region. The
K2CO3 solid sorbent volume fraction at the wall is higher
because the solid sorbents are flowing downward. The down-
flow of K2CO3 solid sorbent is an indication of the back
mixing inside the system which increases the opportunity for
K2CO3 solid sorbent to react. However, this flow behavior

also has a disadvantage because it will make the rate of CO2

removal to be heterogeneous in the radial direction.
In addition, the system pressure drop relates to the K2CO3

solid sorbent volume fraction. The vertical pressure gradient
is a direct measurement of the cross-sectional average solid
volume fraction.35,36 The system pressure drop profile
decreases along the riser height owing to the decreasing of
K2CO3 solid sorbents. Over this riser system, the K2CO3

solid sorbent leads to a system pressure drop of about 2467
Pa/m which is also comparable with the system pressure
drop over the other industrial scale riser.37

No numerical modeling is complete without a study of
mesh refinement study. Before moving to the next parts, the
effect of computational cell on modeling result is investi-
gated. The computational cell increases with the finer of the
grid. To prove that the result is independent of the number
of cells, a grid independence was performed. Ideally, the
grid should be sufficiently fine so that further refinement
does not change the result. Figure 8 shows the time- and
area-averaged K2CO3 solid sorbent volume fraction profiles
in the riser section of the novel system with three different
grids or computational cells. The domains consist of 5500,
6875, and 8250 computational cells. All the computational
cells predict similar solid sorbent volume fraction profiles.
This indicates that all the grids are sufficiently fine for pro-
viding reliable results. In this study, the computational do-
main consisting of 5500 computational cells was chosen for
further study.

K2CO3 Solid Sorbent and Gas Velocities. Figure 9 dis-
plays the transient distributions of K2CO3 solid sorbent axial
velocity vector. The results match with the results from the
previous figures and confirm the downward flow of K2CO3

solid sorbent at the top and near the wall of the riser section.
In the downcomer section, a core-annular flow pattern of
K2CO3 solid sorbent is observed in the regeneration zone
which will provide more residence time for K2CO3 solid

Figure 5. Time- and area-averaged K2CO3 solid sor-
bent volume fraction profiles in the riser sec-
tion of the novel circulating fluidized bed
system with four different time-averaged
ranges.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 6. Time-averaged K2CO3 solid sorbent volume
fraction distributions in the riser section at
three locations.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 7. Radial distributions of time-averaged K2CO3

solid sorbent volume fraction at three differ-
ent riser heights.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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sorbent to reside which will increase the conversion of the
chemical reaction.

The radial distributions of the time-averaged axial velocity
profile for K2CO3 solid sorbent and gas phases at various
heights in the riser section are shown in Figure 10. Figure
11 illustrates the radial distributions of the time-averaged ra-
dial velocity profile for K2CO3 solid sorbent and gas phases
at various heights in the riser section. All the velocity pro-
files of K2CO3 solid sorbent and gas have similar trends.
However, there is a slip velocity between the two phases

because of the density difference. The gas phase has higher
velocity than the K2CO3 solid sorbent phase. At lower sec-
tion in the riser, the axial velocity profiles are strongly asym-
metric, consistent with the K2CO3 solid sorbent volume frac-
tion profiles. A comparison between the velocity components
shows that the axial velocity is much higher than the radial
velocity in both phases. This is because the system flow is
mainly in the axial direction.

K2CO3 Solid Sorbent Granular Temperature. Tartan and
Gidaspow32 used the kinetic theory based particle image
method to determine the velocity oscillations; both due to
individual particles called ‘‘laminar granular temperature’’
and due to particle clusters called ‘‘turbulent granular tem-
perature’’. To compute the granular temperature, the related
equations have to be programmed into the CFD codes. The
code itself computes the laminar granular temperature. The
turbulent granular temperature is defined as the average of
the normal Reynolds stresses, which is the average of the
three squares of the velocity fluctuation components (v0iv

0
i) in

the three directions. For two-dimensional simulation, the ve-
locity fluctuations in the nonflow or radial directions, x- and
z- directions, are assumed to be equal. The turbulent granular
temperature (ht) can be calculated as follows:

htðt; xÞ ffi 2

3
v0xv0x þ

1

3
v0yv0y: (24)

The sum of the granular temperatures due to the particle
oscillations and due to the particle cluster oscillations is the
total granular temperature. Figure 12 compares the height-
averaged total granular temperature from this study with
those from literatures summarized by Kashyap et al.38 The
value of the total granular temperature of 4 m2/s2 is some-
what higher than the measured values, but it is reasonable in
view of the high particle velocity of 6 m/s. The granular
temperatures for these particles are primarily due to shear
stress.

Figure 8. Time- and area-averaged K2CO3 solid sor-
bent volume fraction profiles in the riser
section of the novel circulating fluidized bed
system with three different grids or computa-
tional cells.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 9. Transient distributions of K2CO3 solid sorbent axial velocity vector.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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K2CO3 Solid Sorbent Viscosity. From the kinetic theory
of granular flow, the solid viscosity is a function of granular
temperature.39 The total granular temperature, which is the
overall system oscillation, is substituted in Eq. 16 to calculate
the solid viscosity. Figure 13 displays computed solid viscos-
ities as a function of solid volume fraction. The solid viscos-
ity increases with the increasing solid volume fraction, con-
sistent with the typical observation. In the figure, the trend
from modified literature correlation for K2CO3 solid sorbent
diameter is also shown with the new obtained correlation
constant of 0.055. The proposed correlation is as follows;

ls ¼ 0:055e1=3s g0; (25)

The high particle viscosities, up to one poise, are reasona-
ble in view of the high granular temperatures.

K2CO3 Solid Sorbent and Gas Dispersion Coeffi-
cients. There are two kinds of mixing in fluidization: one
due to individual particle oscillations and the other due to
particle cluster oscillations or turbulence. An order of magni-
tude estimate of the dispersion coefficients due to individual
particles oscillations can be obtained from the laminar gran-
ular temperature.37,40 In this study, in order to compare solid
and gas dispersion coefficients, we focus on the dispersion
coefficient due to particle cluster oscillations or turbulence
(Di). It can be obtained as a function of normal Reynolds
stress and the Lagrangian integral time scale (TL) as
expressed in Eq. 26. The subscript is ‘‘i’’ because the disper-
sion coefficient can be calculated in both the axial (y) and
the radial (x) directions.

DiðrÞ ¼ v0iv
0
iðrÞTL; (26)

Figure 11. Radial distributions of the time-averaged
radial velocity profile for (a) K2CO3 solid
sorbent and (b) gas phases in the riser
section at various heights.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 10. Radial distributions of the time-averaged
axial velocity profile for (a) K2CO3 solid sor-
bent and (b) gas phases in the riser section
at various heights.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Where the Lagrangian integral time scale of the particle
motion is defined by:

TL ¼
Z 1

0

v0ðtÞv0ðtþ t0Þ
v02

dt0; (27)

A comparison of the radial and axial solid and gas disper-
sion coefficients at various heights in the riser section of the
novel system is summarized in Table 4. Also, the averaged
values are shown. All dispersion coefficients vary from top
to bottom of the riser, as expected. Although the solid and
gas dispersion coefficients are higher in the middle region of
the riser, this phenomenon is not always the case. With other
system conditions, the solid and gas dispersion coefficients
are sometimes lower in the middle region. Here, the radial

dispersion coefficients in the riser are one order of magni-
tude lower than the axial ones. The gas dispersion is higher
than the solid dispersion because of the slip velocity between
the phases.

The comparisons between the computed solid dispersion
coefficients due to particle cluster oscillations for axial and
radial directions and the literature surveyed by Chalermsinsu-
wan et al.37 are shown in Figures 14. Figure 15 displays the
comparisons of computed axial and radial gas dispersion
coefficients with the same literature survey. The computa-
tions show that the axial, solid and gas, dispersion coeffi-
cients are in reasonable agreement with the measurements;
while the radial, solid and gas, dispersion coefficients are
higher than the measurements in a similar inlet gas velocity
range. The explanation for the high radial, solid and gas, dis-
persion coefficients are that in this study an industrial scale
riser system is considered. It has an extremely large diameter
when compared to the laboratory scale riser system in the lit-
erature survey. Thus, the effect from the wall will have less
impact on the solid and gas dispersions. The solid and gas in
the large system have more opportunity to mix than in the
small systems. Here, the radial solid dispersion coefficient of
about 0.10 m2/s is excellent. But it is still not high enough to
eliminate the undesirable core-annular flow behavior.

Mass Transfer Coefficient and Sherwood Number. Cha-
lermsinsuwan et al.41 proposed two methodologies for com-
putation of mass transfer coefficients and Sherwood numbers
in fluidized beds. Their methodology for computation of
mass transfer coefficient and Sherwood number from the
concentration data is used. Integration of conservation of
species equation over time and over the riser diameter for
CO2 species gives the one dimensional steady state balance.
Substituting the rate of reaction and solving the equation
gives:

lnCCO2
¼ lnCCO2;0 �

Kes
vyeg

Y; (28)

where K is the overall resistance, eg is the volume fraction of
gas phase, vy is the velocity of gas phase in axial or vertical
direction, Y is the axial or vertical distance and the subscript
‘‘0’’ is the initial molar concentration of CO2. To compare the
results, the computations were focused on three different riser
sections similar to the results in previous parts. In these
sections, the computed, solid and gas, volume fractions and
velocities are not considerably different.

The linear plot of natural logarithm of CO2 molar concen-
tration vs. the height of the riser gives the slope, which fur-
ther gives the overall resistance. In the simulation, the

Figure 12. Comparison of total granular temperatures
with the literature values.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 13. Comparison of solid viscosities with the
modified literature correlation.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Table 4. Computed Information on the Axial and Radial
Dispersion Coefficients at Three Different Heights in the

Riser Section of the Novel Circulating Fluidized Bed System

Riser Height (m)

Solid Dispersion
Coefficients (m2/s)

Gas Dispersion
Coefficients (m2/s)

Axial Radial Axial Radial

3.5 0.2825 0.2231 0.3344 0.2280
7.5 0.7536 0.0105 0.7662 0.0107
11.5 0.2566 0.0300 0.2983 0.0304
Averaged 0.4309 0.0879 0.4663 0.0897
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reaction rate constant is an input. The conventional additive
resistance concept, then, permits us to compute the mass
transfer coefficient (kmass transfer) as follows:

1

K
¼ 1

kmass transferav
þ 1

kreaction
; (29)

where av is the external surface per volume of solid sorbent.
The Sherwood number (Sh) is then given by Eq. 30

below:

Sh ¼ kmass transferdp
D

; (30)

where D is molecular diffusivity.
Table 5 summarizes the computed information on mass

transfer coefficients and Sherwood numbers at three different
heights in the riser section of the novel system. The com-
puted mass transfer coefficients and Sherwood numbers
decrease with the riser height and reach small values at the
top section. This variation of the Sherwood numbers is simi-
lar to the typical behavior in convective mass transport. The
fact that the overall resistance and the reaction rate constant

Figure 14. Effect of the gas velocity on (a) axial and (b)
radial solid dispersion coefficients.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 15. Effect of the gas velocity on (a) axial and (b)
radial gas dispersion coefficients.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Table 5. Computed Information on the Mass Transfer Coefficients and Sherwood Numbers at Three Different Heights in the

Riser Section of the Novel Circulating Fluidized Bed System

Riser Height (m) kreaction (s
�1) K (s�1) kmass transfer av (s

�1) kmass transfer (m/s) Sherwood number (–)

3.5 1.95 1.95 Reaction controlled Reaction controlled Reaction controlled
7.5 1.95 1.87 46.57 0.0016 0.0119
11.5 1.95 1.32 4.10 0.0001 0.0010
Averaged 1.95 1.71 4.10* 0.0001* 0.0010*

*The averaged values are computed from the upper section constant values.
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are close to each other, implies that the mass transfer has an
insignificant role in the reaction. The mass transfer coeffi-
cient and Sherwood number, therefore, reflect maldistribu-
tion of the hydrodynamics in the system, not the diffusion
between the bulk and the surface concentration. To improve
the mass transfer, the hydrodynamics behavior inside the
system needs to be changed. The effect of Reynolds number
on experimental and computed Sherwood numbers is dis-
played in Figure 16. In this study, the computed Sherwood
numbers fall in the experimental range as reviewed by
Chalermsinsuwan et al.41 They are lower than the experi-

mental Sherwood numbers based on the particle diameter for
large particles in fluidized and fixed bed systems. The low
Sherwood numbers are not a practical concern. They are low
in view of the definition of the Sherwood number based on
the small particle diameter. For them to be of the order of
one, the Sherwood number should be instead defined based
on the particle cluster or bubble diameter.

Chemical reaction behavior

Effect of Hydrodynamics Behavior on Reaction Character-
istic. Figure 17a displays the contour of CO2 concentration
at 7 s in the novel CFB system. The result shows the bypass-
ing behavior. The CO2 concentration at the left wall in the
bottom region is higher than at the right wall since the CO2

sorption reaction rate depends on both the CO2 concentration
and the K2CO3 solid sorbent volume fraction. The dilution
of K2CO3 solid sorbent volume fraction at the left wall
causes the slow decrease of CO2 concentration. Conversely,
the CO2 concentration decreases drastically at the right wall
of the riser. The time- and area-averaged CO2 concentration
profile in the riser section of the novel CFB system is
depicted in Figure 17b. Unlike in the simulation for SO2

sorption by Therdthianwong and Gidaspow,8 here, the CO2

concentration at the top of the riser section is still high,
while the SO2 was almost completely absorbed. The reason
for this situation is because of the difference in composition
of flue gases. The CO2 concentration in the flue gases is
much higher than the SO2 concentration. The time- and
area-averaged of CO2 concentration and CO2 removal per-
centage at the top of the riser for this novel system are 1.88
� 10�3 kmol/m3 and 69.16%, respectively. This CO2 re-
moval percentage is comparable with the industrial scale

Figure 16. Effect of Reynolds number on Sherwood
numbers.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 17. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 3 m/s and kreaction 5 1.95 s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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amine or monoethanolamine (MEA) scrubbing method. The
reported CO2 removal is �70%.42

To obtain higher CO2 removal percentage, the effect of
various operating parameters had been explored. In this
study, five operating parameters were considered, which
were reactor length, solid sorbent density, solid sorbent di-
ameter, inlet gas velocity, and reaction rate constant. When
each of the operating parameters was varied, the other oper-
ating parameters were then kept at the base case operating
condition used in Figure 17. The varied operating parameters
were 12.5 and 17.5 m for reactor length, 1730 and 1930 kg/
m3 for solid sorbent density, 75 and 520 lm for solid sor-
bent diameter, 1 and 5 m/s for inlet gas velocity and 19.50
and 195.00 s�1 for reaction rate constant. These ranges of
operating parameters were selected from the related experi-
ment. Table 6 summarizes the effect of operating parameters
on the time- and area-averaged CO2 concentration and the
CO2 removal percentage at the top of the riser. Also,
the base case operating condition results are shown. From
the table, the reactor length, solid sorbent density, solid sor-
bent diameter, and reaction rate constant have direct propor-
tional with the CO2 removal; while inlet gas velocity has
reverse proportional with the CO2 removal. However, the
reactor length, solid sorbent density, and solid sorbent diam-
eter have less effect on the CO2 removal than the inlet gas
velocity and reaction rate constant. The sorption reaction can
be used to explain the reason why each of the operating
parameters has the effect on the CO2 removal. An increase
of the CO2 concentration, the volume fraction of K2CO3

solid sorbent and the reaction rate constant provides higher
chemical reaction rate inside the system. Then, the explana-
tions are thoroughly discussed for the two operating parame-
ters that have more effect on the CO2 removal.

The first operating parameter is inlet gas velocity. The
changing of inlet gas velocity can alter the system hydrody-
namics or the solid volume fraction inside the system.43

Figures 18a, b demonstrate the contour of CO2 concentration
at 7 s and time- and area-averaged CO2 concentration profile
in the riser section of the novel system with vg ¼ 1 m/s and
kreaction ¼ 1.95 s�1, respectively. Figures 19a, b show the
contour of CO2 concentration at 7 s and time- and area-aver-
aged CO2 concentration profile in the riser section of the
novel system with vg ¼ 5 m/s and kreaction ¼ 1.95 s�1,
respectively. The time- and area-averaged CO2 concentration
profile results confirm that the CO2 removal depends on the
inlet gas velocity. The best and worst CO2 removals are
obtained from the inlet gas velocity of 1 and 5 m/s operating
conditions, respectively. The contour of CO2 concentration
results confirm the bypassing behavior as observed in Fig-
ure 17. Table 7 displays the effect of inlet gas velocities on
the axial and radial dispersion coefficients in the riser section
of the novel system. The gas and solid axial dispersion coef-
ficients increase with the inlet gas velocity, while the gas
and solid radial dispersion coefficients have no trend. The
effect of inlet gas velocities on the mass transfer coefficients
and the Sherwood numbers in the riser section of the novel
system is summarized in Table 8. They slightly increase
with the inlet gas velocity. In view of the change in the
order of magnitudes, these system parameters have little
effect on CO2 removal. Considering the system parameters,
the main explanation for the high CO2 removal, therefore, is
the reduction of axial dispersion coefficient, which further
gives more time for gas and solid to react in the system.
However, the reason for the high CO2 removal with the inlet
gas velocity of 1 m/s also can be explained using the solid
volume fraction distribution as already proposed. With this
operating condition, the system is extremely dense corre-
sponding to the new observed flow regime called circulating-
turbulent fluidized bed.43

The second parameter that can be changed is the reaction
rate constant. This can be done by the improvement of the
current K2CO3 sorbent properties. As shown in the chemical

Table 6. Effect of Operating Parameters on the Time- and Area-Averaged CO2 Concentration and the CO2 Removal
Percentage at the Top of the Riser

Operating Parameter
CO2 Weight on the
Solid Sorbent (kg)

CO2 Weight on the
Flue Gas (kg)

CO2 Concentration
(kmol/m3)

CO2 Removal
Percentage (%)

Base case
h ¼ 15.0 m, qs ¼ 1,530 kg/m3,
dp ¼ 210 lm, vg ¼ 3 m/s
and kreaction ¼ 1.95 s�1

19.68 8.78 1.88 � 10�3 69.16

Effect of reactor length (h)
h ¼ 12.5 m 19.56 8.90 1.91 � 10�3 68.71
h ¼ 17.5 m 20.09 8.37 1.79 � 10�3 70.58

Effect of solid sorbent density (qs)
qs ¼ 1730 kg/m3 19.73 8.73 1.87 � 10�3 69.31
qs ¼ 1930 kg/m3 20.11 8.35 1.79 � 10�3 70.64

Effect of solid sorbent diameter (dp)
dp ¼ 75 lm 17.10 11.36 2.43 � 10�3 60.09
dp ¼ 520 lm 19.91 8.55 1.83 � 10�3 69.95

Effect of inlet gas velocity (vg)
vg ¼ 1 m/s 28.41 0.05 1.24 � 10�5 99.80
vg ¼ 5 m/s 13.05 15.41 3.30 � 10�3 45.85

Effect of reaction rate constant (kreaction)
kreaction ¼ 19.50 s�1 28.45 0.01 1.04 � 10�6 99.98
kreaction ¼ 195.00 s�1 28.46 0.00 1.72 � 10�26 100.00
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reaction model part, there are attempts to develop better
K2CO3 solid sorbents with a high absorption performance.
Here, we assume such a solid sorbent is already developed.
Hence, we simulated the system with two higher reaction
rate constants. Figures 20a, b demonstrate the contour of

CO2 concentration at 7 s and time- and area-averaged CO2

concentration profile in the riser section of the novel system
with vg ¼ 3 m/s and kreaction ¼ 19.50 s�1, respectively. Fig-
ures 21a, b show the contour of CO2 concentration at 7 s
and time- and area-averaged CO2 concentration profile in the

Figure 19. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 5 m/s and kreaction 5 1.95 s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 18. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 1 m/s and kreaction 5 1.95 s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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riser section of the novel system with vg ¼ 3 m/s and kreaction
¼ 195.00 s�1, respectively. These results confirm that CO2

removal will improve if solids sorbents can be prepared to
have much higher reaction rates, which is consistent with the
reaction rate Eq. 21. In addition, the reason for the high CO2

removal can be explained using the system parameters. Ta-
ble 9 summarizes the effect of reaction rate constants on the
axial and radial dispersion coefficients in the riser section of
the novel system. From the computations, there is no clear
trend of the gas and solid axial dispersion coefficients, while
there is a trend of the gas and solid radial dispersion coeffi-
cients. The radial dispersion coefficient increases with the
reaction rate constant. Table 10 illustrates the effect of reac-
tion rate constants on the mass transfer coefficients and the
Sherwood numbers in the riser section of the novel system.
The mass transfer coefficients and the Sherwood numbers
also increase with the reaction rate constant. Both the
increase of radial dispersion and mass transfer coefficients
can improve system mixing and give a higher CO2 removal.

Effect of Temperature Rise. To determine the effect of
temperature rise on the removal efficiency, the reaction rate
constant was expressed using Onischak and Gidaspow15 ex-
perimental data as a function of gas temperature as follows:

kreaction ¼ 0:55 expð�ð�3609Þ=RTgÞ; (31)

where R is the gas constant and Tg is the temperature of gas
phase. The rate of reaction is then obtained by substituting
Eq. 31 into Eq. 21.

The energy equations for the gas and solids in the FLU-
ENT were also used for this nonisothermal simulation with
an adiabatic wall condition.

For gas phase:

@

@t
egqgHg

� �þr � egqgvgHg

� � ¼ �eg
@P

@t

þ sg : r � vg þ Sg þ Qsg; ð6Þ

For solid phase:

@

@t
esqsHsð Þ þ r � esqsvsHsð Þ ¼ �es

@ps
@t

þ ss : r � vs
þ Ss þ Qgs; ð7Þ

with Hg ¼
R
cp;gdTg and Hs ¼

R
cp;sdTs

Figure 22a displays the axial time- and area-averaged gas
and solid temperature profiles in the riser section with vg ¼
3 m/s and kreaction ¼ 0.55 exp(3609/RT) s�1. At the inlet, the
gas temperature is 343.15 K which is the flue gas tempera-
ture used in this study. The temperature peaks at the bottom
section are due to the heat of chemical reaction. Then, the
temperatures slightly increase along the riser through the
outlet. At the top of the riser or the section beyond the out-
let, the temperatures decrease. The reason may be because
of the absence of CO2 and solid sorbent in this area. Thus,
the sorption reaction has not occurred. The radial time-aver-
aged gas temperature profiles in the riser section with vg ¼ 3
m/s and kreaction ¼ 0.55 exp(3609/RT) s�1 at three different
riser heights are illustrated in Figure 22b. These three differ-
ent heights are also at 3.5, 7.5, and 11.5 m, similar to those
in previous parts. Asymmetric profiles are obtained, which
are consistent with the sorption reaction inside the system.
Table 11 shows that the relatively small temperature rise
computed with the code is correct. For the experimentally
determined rate of reaction in Figure 22, the temperature rise
in the CFB riser section was only about 10 K. In Table 11,
the same small temperature rise is obtained from an overall
time-averaged energy balance. The reason for the small tem-
perature rise is due to the large recirculation rates. Table 3
summarizes the recirculation rate to be 635 kg/m2 s at the
inlet gas velocity of 3 m/s. CFB combustors, such as the
PYROFLOW system reviewed by Gidaspow,17 operate at
such high fluxes. Hence, in this system, the sorber does not
require external cooling. In a bubbling fluidized bed Na2CO3

sorber being designed by the US, DOE and Research Trian-
gle Institute (RTI) cooling tubes are put into the bed to
remove the heat.44

Table 7. Effect of Inlet Gas Velocities on the Axial and
Radial Dispersion Coefficients in the Riser Section of the

Novel System with kreaction 5 1.95 s
21

Inlet Gas
Velocity (m/s)

Solid Dispersion
Coefficients (m2/s)

Gas Dispersion
Coefficients (m2/s)

Axial Radial Axial Radial

1 0.0670 0.0143 0.0682 0.0179
3 0.4309 0.0879 0.4663 0.0897
5 0.8852 0.0401 0.9693 0.0420

Table 8. Effect of Inlet Gas Velocities on the Mass Transfer Coefficients and Sherwood Numbers in the Riser Section of the

Novel System with kreaction 5 1.95 s
21

Inlet Gas Velocity (m/s) Riser Height (m) kmass transfer av (s
�1) kmass transfer (m/s) Sherwood Number (–)

1 3.5 5.09 0.00018 0.0013
7.5 1.25 0.00004 0.0003
11.5 0.94 0.00003 0.0002

Averaged 2.43 0.0001 0.0006
3 3.5 Reaction controlled Reaction controlled Reaction controlled

7.5 46.57 0.0016 0.0119
11.5 4.10 0.0001 0.0010

Averaged 4.10* 0.0001* 0.0010*
5 3.5 Reaction controlled Reaction controlled Reaction controlled

7.5 Reaction controlled Reaction controlled Reaction controlled
11.5 Reaction controlled Reaction controlled Reaction controlled

Averaged Reaction controlled Reaction controlled Reaction controlled

*The averaged values are computed from the upper section constant values.
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Figures 23a, b show the contour of CO2 concentration at 7 s
and time- and area-averaged CO2 concentration profile in the
riser section with vg ¼ 3 m/s and kreaction ¼ 0.55 exp(3609/RT)
s�1. For this operating condition, the time- and area-averaged

of CO2 concentration is 2.04 � 10�3 kmol/m3 and CO2 re-
moval percentage is 66.48% at the top of the riser. The results
are consistent with the result in Figure 17 but the CO2 concen-
tration is slightly lower, which confirms the statement from

Figure 20. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 3 m/s and kreaction 5 19.50 s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 21. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 3 m/s and kreaction 5 195.00 s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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the literature that the reaction rate for CO2 capture decreases
with the increasing of temperature. Comparing with the base
case condition, the percentage difference is only 3.88%, which
verifies the validity of the results from the fixed reaction rate
constant. The proposed K2CO3 solid sorbent based sorption-
regeneration CFB system is thus a promising alternative for
the capture of CO2 from the flue gases.

Computed Low Gas-Particle Nusselt Number. Similar to
the mass transfer coefficient and the Sherwood number, the
heat transfer coefficient (hc) and the Nusselt number can also
be calculated from this simulation. These two system param-
eters explain the heat transfer phenomena inside the riser
system. With the same methodology for calculation of the
mass transfer coefficient and the Sherwood number, the heat
transfer coefficient (hc) and the Nusselt number (Nu) can be
obtained from the temperature data. Integration of conserva-
tion of energy equation over time and over the riser diameter
for gas phase gives the one dimensional steady state balance.
Solving the equation gives:

lnðTs � TgÞ ¼ ln Ts � Tg;0
� �� hc

egqgvycpg
Y (32)

where Ts is the temperature of solid phase, cpg is the heat
capacity at constant pressure of gas phase and the subscript
‘‘0’’ is the initial temperature of gas phase. The linear plot of
natural logarithm of the temperature difference between the
phase vs. the height of the riser gives the slope, which finally
gives the heat transfer coefficient. The Nusselt number is then
computed by Eq. 33 below:

Nu ¼ hcdp
k

(33)

where k is thermal conductivity.

Table 9. Effect of Reaction Rate Constants on the Axial and
Radial Dispersion Coefficients in the Riser Section of the

Novel System with vg 5 3 m/s

Reaction Rate
Constant (s�1)

Solid Dispersion
Coefficients (m2/s)

Gas Dispersion
Coefficients (m2/s)

Axial Radial Axial Radial

1.95 0.4309 0.0879 0.4663 0.0897
19.50 0.5885 0.1578 0.6343 0.1909
195.00 0.5290 0.2169 0.5361 0.2171

Table 10. Effect of Reaction Rate Constants on the Mass Transfer Coefficients and Sherwood Numbers in the Riser Section of

the Novel System with vg 5 3 m/s

Reaction Rate Constant (s�1) Riser Height (m) kmass transfer av (s
�1) kmass transfer (m/s) Sherwood Number (–)

1.95 3.5 Reaction controlled Reaction controlled Reaction controlled
7.5 46.57 0.0016 0.0119
11.5 4.10 0.0001 0.0010

Averaged 4.10* 0.0001* 0.0010*
19.50 3.5 10.27 0.0004 0.0026

7.5 5.90 0.0002 0.0015
11.5 6.16 0.0002 0.0016

Averaged 7.44 0.0003 0.0019
195.00 3.5 27.47 0.0010 0.0070

7.5 26.32 0.0009 0.0067
11.5 35.00 0.0012 0.0089

Averaged 29.60 0.0010 0.0076

*The averaged values are computed from the upper section constant values.

Figure 22. (a) Axial time- and area-averaged gas and
solid temperature profiles and (b) radial
time-averaged gas temperature profiles in
the riser section of the novel system with
vg 5 3 m/s and kreaction 5 0.55exp(3609/RT)
s21.

Note: Most of the temperature rise occurs in the first meter
of the scrubber consistent with CO2 drop in Figure 23b.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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The computed heat transfer coefficient and Nusselt num-
ber for this system with vg ¼ 3 m/s and kreaction ¼ 0.55
exp(3609/RT) s�1 are 0.0075 J/s m K and 0.0001, respec-
tively. The computed Nusselt number falls in the experi-
mental range as reviewed by Kunii and Levenspiel.45 It is
also lower than the experimental Nusselt numbers based on
the particle diameter for large particles in fluidized and
fixed bed systems, similar to the Sherwood number in mass
transfer.

Conclusions

(1) A kinetic theory based hydrodynamic model with
experimentally determined sorption rates for reaction between
CO2 and pellets of solid supported K2CO3 is used to design a
compact CFB for removal of CO2 from flue gases. This unit
is similar to the CFB coal combustor operating with calcined
limestone for sulfur removal. It can handle large volumetric
flow rates with a reasonable pressure drop. For a high system

Table 11. A Check on Temperature Rise in the Riser Section of the Novel System

Reaction Rate
Constant (s�1)

Energy Flow
at the Riser
Inlet (MJ/s)

Energy Flow
at the Riser
Outlet (MJ/s)

Released Heat in the Riser Section

From Energy
Flows (MJ/s)

From Sorption
Reaction (MJ/s)

0.55 exp (�(�3609)/RTg) 54.705 59.931 5.226 5.222

The time-averaged energy balance in the riser section:

Rate of energy flow ¼ Energy flow at the riser outlet � Energy flow at the riser inlet

¼ Released heat in the riser section ðdue to sorption reactionÞ
¼ Averaged sorption reaction rate� Heat of sorption reaction

Example.
For reaction rate constant (kreaction) ¼ 0.55 exp(�(�3609)/RTg) s

�1:

Rate of energy flow ¼ Energy flow at the riser outlet� Energy flow at the riser inlet

¼ 59:931ðMJ=sÞ � 54:705ðMJ=sÞ
¼ 5:226ðMJ=sÞ

Rate of energy flow ¼ Averaged sorption reaction rate� Heat of sorption reaction

¼ 0:036ðkgmol=sÞ � ð�145:067ÞðMJ=kgmolÞ
¼ �5:222ðMJ=sÞðMinus sign ¼ Exothermic reactionÞ

Rate of energy flow ¼ 5.226 (MJ/s) 	 5.222 (MJ/s)
Estimated system temperature rise from the time-averaged energy balance ¼ 9.741 K
Therefore, the energy in the riser section of the novel system is balanced and the estimated system temperature rise is consistent with the simulated result (	10
K). The numerical difference is possibly because of the time-averaged round off error.

Figure 23. (a) Contour of CO2 concentration at 7 s and (b) time- and area-averaged CO2 concentration profile in
the riser section of the novel circulating fluidized bed system with vg 5 3 m/s and kreaction 5
0.55exp(3,609/RT) s21.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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performance, the low temperature heat evolved during sorp-
tion can be upgraded using a heat pump concept.
(2) Conventional fluidized bed design uses empirical disper-

sion and mass transfer coefficients. In the multiphase kinetic
theory approach presented here these coefficients are com-
puted. The axial, solid and gas, dispersion, and mass transfer
coefficients are in the range of reported measurements while
the radial, solid and gas, dispersion coefficients are higher than
the reported values for smaller bed diameters. This good mix-
ing counteracts the operation of the riser in the core-annular
regime and produces a compact unit. The low computed
Sherwood number does not imply a large mass transfer resist-
ance in the fluid, since the overall reaction resistance and the
input reaction rate constant are close to each other. The resist-
ance is due to reaction and diffusion in the pellet.
(3) With the sorbent prepared using published informa-

tion, �70% of the CO2 is removed form the flue gases. To
obtain higher CO2 removal percentage, the effect of various
operating parameters is explored. The reactor length, solid
sorbent density and solid sorbent diameter have less effect
on the CO2 removal than the inlet gas velocity and reaction
rate constant in this study ranges. By increasing the reaction
rate constant, complete CO2 removal can be achieved in this
system. A high CO2 removal can also be achieved by lower-
ing the gas velocity. But then the sorbent volume will rise
for a given flue gas load.
(4) To determine the effect of temperature rise on the re-

moval efficiency of CO2, the reaction rate constant was
expressed as a function of temperature and a simulation was
repeated with the energy equations for the gas and solids.
The average gas temperature rise of about 10 K did not sig-
nificantly decrease the percent removal of CO2 in this CFB
system. This simulation shows that we do not need internal
or external cooling in our sorber.
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Notation

av ¼ external surface per volume of catalyst (m�1)
cp ¼ heat capacity at constant pressure (J/kg K)
C ¼ concentration (kgmol/m3)

CD0 ¼ drag coefficient (–)
dp ¼ particle diameter (m)
D ¼ diameter of riser (m)
D ¼ molecular diffusivity (m2/s)
Di ¼ dispersion coefficient (m2/s)
e ¼ restitution coefficient between particles (–)

eW ¼ restitution coefficient between particle and wall (–)
g ¼ gravity force (m/s2)
g0 ¼ radial distribution function (–)
Gs ¼ solid sorbent circulation rate (kg/m2 s)
h ¼ height of riser (m)
hc ¼ heat transfer coefficient (J/s m K)
H ¼ specific enthalpy (J/kg)

DH ¼ heat of reaction (J/kgmol)
I ¼ unit tensor (–)
k ¼ thermal conductivity (J/s m K)

kmass transfer ¼ mass transfer coefficient (m/s)
kreaction ¼ reaction rate constant (s�1)

K ¼ overall resistance (m/s)

_m ¼ system molar flow rate (kgmol/s)
M ¼ metal of an alkaline (–)
n ¼ unit vector (–)

Nu ¼ Nusselt number (–)
ps ¼ solid pressure (Pa)
P ¼ gas pressure (Pa)
_Q ¼ heat flow (J/s)

Qgs ¼ intensity of heat exchange from gas phase to solid phase
(J/s m3)

Qsg ¼ intensity of heat exchange from solid phase to gas phase
(J/s m3)

r ¼ reaction rate (kgmol/s m3)
R ¼ gas constant (kJ/kmol K)
Rj ¼ reaction rate of specie ‘‘j’’ (kg/s m3)

Rek ¼ Reynolds number (–)
S ¼ source term (e.g., due to chemical reaction) (J/s m3)
Sh ¼ Sherwood number (–)
t ¼ time (s)
T ¼ temperature (K)
TL ¼ Lagrangian integral time scale (s)
v ¼ velocity (m/s)
v0 ¼ velocity fluctuation (m/s)

vs,slip ¼ slip velocity of particle at the wall (m/s)
vst,W ¼ tangential velocity of particle at the wall (m/s)

yj ¼ mass fraction of each species (–)
Y ¼ axial or vertical distance (m)

Greek letters

bgs ¼ gas–solid interphase drag coefficient (kg/s m3)
e ¼ volume fraction (–)

es,max ¼ solid volume fraction at maximum packing (–)
/ ¼ specularity coefficient (–)
cs ¼ collisional dissipation of solid fluctuating energy (kg/m

s3)
cW ¼ collisional dissipation of solid fluctuating energy at the

wall (kg/m s3)
js ¼ conductivity of the fluctuating energy (kg/m s)
l ¼ viscosity (kg/m s)
p ¼ mathematical constant 	 3.14 (–)
q ¼ density (kg/m3)
h ¼ granular temperature (m2/s2)
ht ¼ turbulent granular temperature (m2/s2)
hW ¼ granular temperature at the wall (m2/s2)
s ¼ stress tensor (Pa)
ns ¼ bulk viscosity (kg/m s)

Subscripts

C ¼ cold region
CO2 ¼ carbon dioxide specie

g ¼ gas phase
H ¼ hot region
i ¼ i direction
j ¼ j specie
R ¼ regeneration reaction
s ¼ solid phase
S ¼ sorption reaction
x ¼ radial direction
y ¼ axial direction
z ¼ radial direction
0 ¼ initial condition
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